Abstract: The removal of ethylene oxide (EtO) in a combined system adsorber/desorber/catalytic reactor has been investigated. The combined system was a modified draft tube spouted bed reactor loaded with Pt/Al 2 O 3 catalyst. The annular region was divided into two sectons, the "hot" section contained about 7 % of catalyst and it behaved as a desorber and catalytic incinerator, while the "cold" section, with the rest of the catalyst, behaved as a sorber. The catalyst particles were circulated between the two sections by use of a draft tube riser. The Computational Fluid Dynamics (CFD) program package FLUENT was used for simulations of the operation of the combined system. In addition, a one-dimensional numerical model for the operation of the packed bed reactor was compared with the corresponding FLUENT calculations. The results of the FLUENT simulations are in very good agreement with the experimental observations, as well as with the results of the one-dimensional numerical simulations.
INTRODUCTION
The removal of ethylene oxide (EtO) from numerous emission sources (EtO production plants, manufacture of ethylene glycol, polymers, surfactants, food and pharmaceutical sterilizin units) is very important due to its mutagenic, teratogenic and cancerogenic effect on human health. Generally, it is considered that exposure to EtO at any level is harmful to health. Note that in most countries the EtO emission limit is 5 mg/m 3 (2.55 x 10 -4 vol.%).
Different technologies can be used to treat EtO emissions: wet scrubbers, thermal oxidizers, catalytic oxidizers and dry-bed reactors. Wet-scrubbers absorb EtO into a recirculating water-acid solution, converting the EtO to ethylene glycol. When the acid solution becomes saturated with ethylene glycol, it is transferred into a waste treatment device. Thermal oxidizers operate by oxidizing or burning EtO to form the products carbon dioxide, water vapor and heat. Thermal oxidizers require additional fuel. Catalytic oxidizers operate with the same end result as thermal oxidizers but at a lower temperature. Dry-bed reactors eliminate EtO by causing it to bind permanently to a reactant. They operate at ambient temperature. The appropriateness of the previous technologies for a specific process depends on several factors, such as: efficiency, energy consumption, secondary pollution, capital investments, etc. The principal advantages of catalytic oxidation are the high efficiency of the process, lower energy consumption than thermal oxidizers and absence of secondary pollution (NOx or liquid or solid waste). Supported noble catalysts are widely used for the catalytic oxidation of organic vapors, particularly platinum, because of its high selectivity, resistance to poisoning and low ignition temperature.
In our previous work, [1] [2] [3] [4] the results of EtO deep oxidation over Pt/Al 2 O 3 catalyst in a packed bed reactor on the pilot scale (reactor diameter 315 mm) are presented, as well as a mathematical model that predicts the concentration and temperature profiles along the reactor fairly well. The main conclusion drawn from the packed bed investigations is that the conversion reached over 99.9 % when the inlet temperature of the reaction mixture was higher than 180°C. With a relatively high EtO concentration at the inlet, the reactor could operate autothermally by use of an appropriate heat exchanger, since the heat of combustion is sufficient for preheating the inlet gas mixture to the ignition temperature. This would mean that external heating is necessary only during the start-up period. Note that the EtO inlet concentration should be a maximum of 30 % of the LEL (lower explosion limit) due to safety requirements. The LEL for EtO is 3 vol.%. Our experiments showed that the optimum catalytic oxidation parameters are: space velocity 17000 h -1 , inlet temperature of the reaction mixture 200°C and an inlet EtO concentration 0.82 vol.%. Under these conditions, the exit gas temperature is 550°C.
With lower inlet EtO concentrations, the process efficiency with the respect to the energy consumption decreases, since additional heat must be supplied in order to maintain the inlet gas mixture at 200°C. Therefore, the treatment of emissions with low EtO concentrations is a high-energy consuming process.
The experiments conducted with a lower temperature of the inlet gas mixture (90-150°C) showed that significant adsorption of EtO on the catalyst occurs. 5 In this temperature region, the measured overall conversion arises from two simultaneous processes. A portion of the overall conversion is the consequence of "real" conversion due to surface reaction and the rest is the consequence of EtO adsorption on the catalyst. The presence of sorbed EtO on the catalyst was confirmed by the following: after completion of the operation in the lower temperature region (90 -150°C) the EtO feed was turned-off and the inlet temperature was increased above 180°C. This caused an uncontrolled temperature rise along the catalyst bed as a consequence of the incineration of the previously sorbed EtO.
The ability of Pt/Al 2 O 3 catalyst to bind EtO at significantly lower temperatures (90°C) than the light-off temperature (180°C), suggests that a cost-effective control method for the treatment of a large volume of dilute EtO streams is feasible and would involve a combination of adsorption, desorption and catalytic oxidation.
Some performances of a novel type of a combined system adsorber/desorber/catalytic reactor have already been published elsewere 5 and within this paper the investigations are expanded with a one-dimensional numerical modeling of the adsorption and reaction zone along with modeling by the Computational Fluid Dynamics (CFD) software FLUENT.
EXPERIMENTAL

Modified spouted bed with a draft tube reactor
The combined system is essentially a modified draft tube spouted bed (MDTSB) where the annular section of the bed is divided into two zones -adsorption ("cold") zone and desorption and catalytic oxidation ("hot") zone. The catalyst particles permanently or periodically circulate between the two zones through a draft tube riser. A schematic diagram of the proposed system is shown in Fig. 1 .
A schematic diagram of the experimental system is given in Fig. 2 . The annulus of the stainless steel reactor (1) loaded with 6.2 kg of Pt/Al 2 O 3 (2) catalyst was divided into two sections: a reaction section (1a) with a height of 24 cm and a diameter of 6.5 cm and an adsorption section, which consist of a cylindrical part (1b), with a height of 39 cm and a diameter of 20 cm and a perforated conical part (4) with hieght of 10 cm followed by a narrow cylindrical part (1c). A draft tube riser (3) with a diameter of 1.8 cm, placed in the center of the reactor enable the circulation of the catalyst through both the sections. Transport of the catalyst from the bottom of the adsorption section to the top of the reaction section through the draft tube was attained by air flow (12). Two modes of catalyst transport were possible: continuous and pulse mode. In the pulse mode there was periodical circulation of the catalyst by means of an electromagnetic valve (EMV1) (active cycle). During the circulation of the catalyst, the air flow (12) was 14 Nm 3 /h. Since a draft tube riser operates in an accelerating flow regime, this air flowrate for stable transport was determined using a model described in detail in a previous paper. 7 When the catalyst is immovable (passive cycle), the air flow (12) was adjusted to 2 Nm 3 /h by a by-pass valve (V5). The role of this small flowrate and narrow cylindrical part of the annulus (1c) is to avoid flow of the reaction mixture through the draft tube. The superficial gas velocity (at 0°C) in the draft tube during the circulation period was about 63 % higher than the terminal velocity of a single particle. Fig. 2 . Schematic diagram of the experimental system (1-column; 1a-annular section-adsorption and catalytic oxidation zone; 1b-annular section-desorption zone; 1c-extended annular section, hydraulic barrier for preventing EtO by-pass through the draft tube, from inlet 2 to outlet 2; 2-catalyst; 3-draft tube riser; 4-perforated cone F1 mm; 5-screen; 6-thermoisolation; 7-air heater (desorption and catalytic oxidation zone); 8-air heater (adsorption zone); 9-rotameters; 10-air for desorption and catalytic oxidation; 11-polluted air; 12-air for pneumatic transport of catalyst paricles; EMV1-electromagnetic valve; V1-V4-valves; Sl-S4-sampling valves; TIC1, TIC2 -thermo controllers; T1 -T10 -thermocouples; DAC-data acquisition system; GC-gas chromatograph; PG-programmator; (control of electromagnetic valve EMV1) kg/s. An air flow (11) of 30 Nm 3 /h was introduced into the annulus region through a perforated cone (4). This flowrate was used for the preparation of the reaction mixture with EtO and served as a heating medium for the annulus in the adsorption section. The itroduction of EtO into the air flow (11) began when the desired temperature in the sorber had been achieved by means of an electric heater (8) . The superficial gas velocity (at 0°C) in the adsorption zone was about 27 % of the minimum fluidization velocity so that the annular region behaves as a moving packed bed during catalyst circulation. An air flow (10) of 2.9 Nm 3 /h that was passed through an electric heater (7) served to increase the temperature of the reaction section (1a) above the ignition point. The reaction section contained about 7 % of the total amount of the catalyst. Since the gas pressures at the top of the draft tube and at the top of the adsorption zone did not differ significantly, it is believed that approximately one half of the air flow (10) flows upside of the reaction section, while the other half flows downside. Under such assumption, the superficial gas velocity in the reaction section (at 0°C) is 0.12 m/s which corresponds to a space velocity of 4837 h -1 . There were ten NiCr-Ni thermocouples (Tl-T10) placed along the reactor. All these temperatures were continuously registered by the data acquisiton system (DAC). The valves (S1-S4)) provided sampling for gas chromatographic (GC) analysis of the EtO inlet and outlet concentrations. The EtO inlet concentration was varied from 0.03 to 0.1 vol.%.
Catalyst
The Pt/Al 2 O 3 catalyst was synthesized by dry impregnation of a spherical-shaped Al 2 O 3 support with an aqueous solution of chloroplatinic acid. 2 The dried catalyst was reduced in a dynamic hydrogen-nitrogen mixture at a programmed temperature increase of 2°C/min up to 500°C. The key features of the catalyst are summarized in Table I . 
Reactor model
A one-dimensional reactor model 1, 4 neglecting the limitations of internal pore diffusion can be formulated by considering the mass and energy balance over an increment of the catalyst bed:
Mass balance. Reactant consumed at the catalyst surface due to the chemical reaction:
Reactant transferred from the bulk flow to the catalyst surface:
Energy balance. Heat generated in the solid phase due to the chemical reaction:
Heat transferred from the catalyst into the gas phase:
a p represents the outer surface area of the particles per unit bed volume.
By combing Eqs. (1) and (2), the ratio (mass fraction of the reactant in the fluid just above catalyst surface)/(mass fraction of the reactant in the bulk flow) is given by:
Note that for y p /y ® 1 the overall process is controlled by the reaction kinetics, while for y p /y ® 0 the overall process is controlled by the mass transfer.
The heat and mass transfer coefficients were evaluated using the Handley and Heggs 8 correlation:
where
and
A kinetic inestigation 3 showed that the reaction of EtO oxidation is first order with respect to the EtO concentration with the following kinetic parameters A = 584.83 kg air+ETO /kg cat s and E = 41.67 kJ/mol. The above set of equations can be numerically solved in order to obtain the variation of conversion, bulk reactant concentration, surface reactant concentration, fluid temperature and particle temperature with bed height. The initial conditions are as follows: y = y 0 , T f = T f0 and T p = T p0 = T f0 at the bottom of the bed. Note that in the adsorption zone the bed height was measured from the bottom of the cone (z 1 , Fig. 1 ). For the reaction zone it was assumed that one half of the reaction mixture is flowing downwards while one half is flowing upwards due to the symmetrical configuration. In the calculations, only the upper part was considered and the bed height was measured from the end of the radial inlet (z 2 , Fig. 1 ).
The CFD software "Fluent"
The Computational Fluid Dynamics (CFD) program package FLUENT 9 (v4.48, 1997) was used for partial two-dimensional simulations of the operation of the combined system. The main scope was visualization of the process. CFD programs are generally limited by the available computational resources. Since our system is very complex, with 5 external and 5 internal inlets and outlets, FLUENT was used for partial two-dimensional simulations of the reaction and adsorption parts, separately, in order to obtain flow patterns, temperature and concentration fields.
RESULTS AND DISCUSSION
The MSBDT reactor operation is based on the adsorption of EtO in the adsorption zone, transfer through a draft tube riser to the reaction zone where the desorption and reaction of deep EtO oxidation occurs, after which the catalyst surface is "clean" and ready for the next cycle. The necessary condition for the efficient operation of the device is the provision of an adequate temperature for adsorption in the wider part of the annulus. Therefore, at the beginning of the experiment, the adsorption zone of the catalyst was always heated up to at least 95°C. Simultaneously, the reaction zone was heated up to 200°C. Introduction of the EtO started after the required temperature profile along the reactor had been established.
Bearing in mind that in the reaction section several consecutive steps should occur: heating up of the catalyst; desorption of EtO derivatives; transport of the desorbed products through the pores to the outer shell of the pellet and surface reaction on platinum; a sufficient residence time of the catalyst in the reaction zone had to be set up. Continuous recirculation of the catalyst did not provide proper operating conditions since the residence time of the catalyst in the reaction section of about 25 s was too short for the catalyst particles to be heated up to the light-off temperature (200°C). Note that catalyst particles coming into the reaction section from the draft tube have a temperature of about 100°C. Under these conditions, the reaction was often transferred to the adsorption section without control. The problem was overcome by switching the draft tube riser to operate in the pulse mode. A schematic diagram of the MSBDT operation in one of the representative runs is given in Fig. 3 . In this run, the inlet EtO concentration was 0.1 vol.% which corresponds to an EtO mass flowrate into the adsorption section of 0.06521 kg/h, the draft tube riser was active for 4 seconds, while the duration of the passive cycle was 65 seconds. For the same run, Fig. 4 gives the air flowrates and catalyst circulation rate as a funcion of the time, for the selected mode of operation. The duration of the active mode of the tube raiser was estimated according to catalyst mass flowrate and the volume of reaction section, considering also the quantity of EtO sorbed on the catalyst, as well as the expected temperature increase during incineration. Since the effective catalyst mass flowrate is 0.019 kg/s(4 s/(4 s + 65 s)) = 0.0011 kg/s, a maximum quantity of sorbed EtO of 14.9 g EtO /kg cat is expected. From the volume of the reaction section and the effective mass flowrate of the catalyst, if follows that after each active cycle, about 14 % of the catalyst in the reaction section had been replaced. The corresponding temperature profiles along the MSBDT reactor prior to the introduction of EtO and in the steady state conditions of catalytic incineration are presented in Fig. 5a . In order to start the catalytic incineration of the adsorbed EtO, it was sufficient to provide a light-off temperature only in the thin layer (T3) of the reaction zone. Obviously, all the temperatures in the reaction zone in Fig. 5b were increased due to the catalytic incineration of EtO. The maximum temperature rise occurs at the point T2, where the temperature increased by over 300°C with respect to the initial conditions (Fig. 5a ). The temperature oscillations in the reaction zone are the consequences of the pulse mode of operation and are the most pronounced for T1. The temperature maximums coincide with the beginning of the supply of a new portion of the catalyst, whereas the minimums correspond to the beginning of the catalytic reaction during the passive period. The temperature rise of 20 to 40°C that was noticed in the adsorption section is probably the consequence of two combined effects: the release of the heat of adsorption and the heat transferred from the reaction zone. In addition, it should not be forgotten that EtO oxidation at the catalyst surface can take place, contributing to the temperature rise in the adsorption zone. In the described run, the outlet EtO concentration was below the detection limit of the GC analysis.
The predictions of a one-dimensional model for the adsorption zone and for the reaction zone (run presented in Fig. 3 ) are given in Table II . In these calculations, the catalyst circulation was neglected since the active period (circulation on) consumes only 5.8 % of the total operating time. In the calculations, it was assumed that the catalyst temperature at the bottom of the bed is equal to the inlet air temperature. The model gives the axial variations of T p , T f , y, y p and x A . As can be seen, the overall conversion in the adsorption zone due to surface reaction is 39.34 % which corresponds to the rate of EtO removal by the surface reaction of 0.06251 kg/h. Since EtO was not detected at outlet 1 or the adsorption zone (Fig. 1) , it can be concluded that the rest of the EtO (0.03792 kg/h) was adsorbed on the catalyst particles. The predicted temperature increase of about 18°C along the adsorption zone agrees with the measured values (Fig. 5b) , suggesting that the temperature rise in the adsorption zone mainly arises from the heat realized during EtO oxidation.
Calculations for the reacton section are only an approximation. Namely, the model assumes that the air flowing into the reactor contains EtO and that the catalyst is "clean". In our case, however, the EtO is already bound on the catalyst and the air flowing into the reactor is "clean". Assuming that these two situations are equivalent, the apparent EtO inlet concentration into the reaction zone is calculated from total EtO sorbed on the catalyst (0.03792 kg/h) and the air flowrate at the section inlet (2.9 m N 2 /h). As can be seen, the calculated EtO inlet concentration flowing into the reaction section is 0.62 vol.%. Since the inlet EtO concentration to the adsorption zone is 0.1 vol.%, it follows that the adsorption zone behaves essentially as a concentrator. With these assumptions, the calculations show that complete conversion occurs in reaction section after a very short distance from the inlet. The predicted temperature increase of about 220°C along the reactinon zone agrees fairly well with the measured values (Fig. 5b) . The one-dimensional model provides visualization of the reaction regimes through the combined system by means of the ratio y p /y. As can be seen from Table II, in the adsorption zone, this ratio differs only slightly from one, indicating that the process is controlled by the kinetics of the surface reaction. Although in these considerations EtO adsorption was neglected, these values of the ratio y p /y show that there are no external mass transfer limitations, regardless of the manner of EtO removal.
The sharp drop of the ratio y p /y in the reaction section indicates that mass transfer governs the overall process. The model ascribes this drop to external mass transfer, but in our case the EtO consumed on the catalyst surface originated from the interior of the catalyst spheres. The EtO arrives at the sites by consecutive steps, desorption from the catalyst surface and transport through its pores. Obviously, these processes are significantly slower than the surface reaction, providing a good explanation for the necessity of employing the pulse mode, namely this mode ensures that the residence time is sufficiently long for the reaction to be completed.
The reaction section is defined in FLUENT as being two-dimensional with axis-symetric geometry with a porous media and a chemical reaction active in the porous media only. Fig. 6a shows the velocity-vectors field, where the length and shading of the arrows representing the velocity magnitude. The static pressure field is shown in Fig. 6 . FLUENT simulations in the reaction section; a) velocity vectors, b) static pressure field. Fig. 6b as a shade filled contour plot with the shading of domain presenting the magnitude of a selected variable according to the corresponding scale. The velocity and pressure profiles show that a uniform flow field is developed at a very short distance from the gas inlet. In addition, the orientation of the velocity-vectors confirm the assumption that approximately one half of the inlet air flow flows upside the reaction section, while the other half flows downside, due to the presence of the porous media. Fig. 7a illustrates the temperature field at the end of the passive cycle with a maximal temperature value of 420 oC, which is in good agreement with the experimental one. Fig. 7b shows the EtO concentration field via mass fractions. As can be seen, complete EtO combustion occurs within the region with the highest temperatures, i.e., near the hot air introduction point. This means that EtO conversion is practically 100 %, which is in good agreement with the experimental observations and one-dimensional numeric simulations of the reaction section.
For an efficient operation of the combined system it is necessary to avoid reaction mixture flowrate through the draft tube, i.e., polluted air flow from the inlet 1 to the outlet 2 ( Fig. 1) should be avoided. This would mean that all of the inlet flow of polluted air must flow through the adsorption zone, i.e., the velocity vectors in the narrow cylindrical part of the reactor (1c, Fig. 2 ) must be oriented upwards. As mentioned earlier, in our MSBDT reactor, by-pass is prevented by the small air flowrate throught the nozzle at the bottom of the column (Fig. 2) . This flowrate outside the catalyst recirculation period (passive cycle) was kept at 2 m 3 /h, so that corresponding velocity at the nozzle was 2.34 m/s. We checked how accurately the minimum air flowrate for by-pass prevention can be predicted in this complicated flow and geometrical conditions using CFD software. The calculations were performed by fixing the velocity of the polluted air (inlet 2, Fig. 1 ) and varying the velocity at the nozzle for pneumatic transport of catalyst particles (inlet 1, Fig. 1) . The results of the calculations are presented in Fig. 8 . For an inlet velocity U N = 0.25 m/s (Fig. 8a) , the air flow in the lower part of the column is oriented downwards, so that under these conditions EtO by-pass can be expected. For an inlet nozzle velocity U N = 2.34 m/s (Fig. 8b) , the velocity vectors are oriented upwards so that EtO by-pass is prevented. The predicted conditions for the prevention of EtO by-pass agree quite well with the experimental observation. The static pressure field is shown in Fig. 8c for U N = 2.34 m/s, again as a shaded contour plot where the shading of a domain presents the magnitude of the selected variable according to the corresponding scale. 
CONCLUSONS
The investigations of EtO incineration over Pt/Al 2 O 3 catalyst in a MSBDT reactor have shown that the system represents a cost-effective control method for the treatment of a large volume of dilute EtO streams. The advantages of the combined adsorber/desorber/catalytic reactor system with respect to a conventional packed bed catalytic reactor are reflected in energy savings. It is sufficient to heat the reaction mixture to the EtO adsorption temperature (about 100°C) instead of heating to the ignition point (180-200°C). The so-called adsorption zone has a twofold function, as a low-conversion catalytic reactor (less than 50 %) and as an EtO concentrator, since the concentration of desorbed EtO within the reacton zone is multiplied in comparison with the inlet concentration. Therefore, only a small part of the catalyst bed (about 7 %) has to be heated up to the ignition point in this system.
The results of FLUENT simulations are in very good agreement with the experimental observation, as well as with the results of one-dimensional numerical simulations. Generally, graphical displays of the FLUENT simulation results are useful for visualization of the process, while alphanumeric reports of local or averaged variable quantities in a selected plane or cross-section are necessary for quantitative post-processing analysis. FLUENT visualization, along with experimental observations and one-dimensional numeric simulations gives very useful information of the operation of the combined system. U kombinovanom sistemu adsorber/desorber/kataliti~ki reaktor izvr{ena su ispitivawa uklawawa para etilen oksida (EtO). U kombinovanom sistemu je primewen modifikovani fontanski sloj Pt/Al 2 O 3 katalizatora sa cevnim umetkom. Anularni prostor sloja katalizatora se sastoji iz dve zone, "tople" zone koja sadr`i oko 7 % ukupne koli~ine katalizatora koja ima ulogu desorbera i kataliti~kog konvertora, i "hladne" zone koja sadr`i preostalu koli~inu katalizatora i ima ulogu adsorbera. Cirkulacija katalizatora izme|u ove dve zone je omogu}ena pneumatskim transportom kroz cevni umetak. Izvr{ena je dvodimenziona parcijalna simulacija kori{}ewem programskog paketa "FLUENT -Computational Fluid Dynamics Software" u ciqu simulacije odvijawa procesa u pojedinim zonama kombinovanog sistema. Jednodimenzioni model kataliti~kog reaktora sa pakovanim slojem, iskori{}en je za numeri~ku simulaciju reakcionog dela kombinovanog sistema, i ovi rezultati su upore|eni sa odgovaraju}im FLUENT-simulacijama. Dobijeno je veoma dobro slagawe rezultata FLUENT-simulacija sa eksperimentalnim zapa`awima i jednodimenzionim numerikim simulacijama. 
